Reactive absorption with an aqueous solution of amines in an absorber/stripper loop is the most mature technology for post combustion CO2 capture (PCC).
that can service commercial-scale power plants, whether natural gas-fired or coalfired, is about 0.2 mol/mol for absorber and stripper columns packed with Sulzer Mellapak 250Y TM structured packing. Also, the optimum liquid/gas ratio for a natural gas combined cycle (NGCC) power plant with a flue gas composition of approximately 4 mol% CO2 is about 0.96, while the optimum liquid/gas ratio for a pulverized coal-fired (PC) power plant can range from 2.68 to 2.93 for a flue gas having a CO2 composition that ranges from 12.38 mol% to 13.50 mol%.
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INTRODUCTION
Reactive absorption with aqueous solutions of amines in an absorber/stripper loop is the most mature technology for post combustion CO2 capture (PCC). 1 The main barrier that remains unresolved is the huge energy requirement for solvent regeneration in the stripper. In fact, the reduction of solvent regeneration energy is the focus of most of the amine-based PCC research currently being performed globally. From the view point of current research and development (R&D) activities worldwide, three main areas are being investigated in order to reduce the regeneration energy requirement of amine-based PCC, namely: (a) development of new solvents with better overall performance than 30 wt% monoethanolamine (MEA) aqueous solution, which is generally considered as the base-line solvent for solvent-based PCC, (b) PCC process optimization, including modifications of PCC plant configuration, and (c) optimal integration of the PCC Plant, including the associated CO2 compression system, to the upstream power plant.
In recent years, research activities aimed at testing new solvents, as well as the optimisation of solvent-based PCC, have resulted in several projects with the setting up of pilot plants globally. [2] [3] [4] [5] [6] [7] In most of the studies that have been reported, aqueous MEA solution is usually taken as the reference solvent to which new solvents are compared. Among the pilot-scale studies that have been reported for MEA, Notz et al. 4 have reported a very comprehensive set of results based on systematic studies of CO2 capture with aqueous MEA solutions in a pilot plant and they also gave a fairly detailed description of the pilot plant with sufficient information and data to permit successful modelling of it.
Process modelling is critical in the scale-up of a pilot plant to a commercialscale plant during design. There are several rigorous process modelling studies of the MEA-based CO2 capture process at pilot-scale in the open literature, with many of them focusing on the absorber as a stand-alone unit, [8] [9] [10] [11] or the stripper as a stand-alone unit, 12-14 and some of them have considered the absorber and the stripper in a closed loop. [15] [16] [17] However, in spite of the numerous process modelling and simulation studies of the MEA-based CO2 capture process at pilot-scale that for diameter sizing is about two times the maximum pressure drop that is recommended for amine systems, which are known to be moderately foaming. 28, 29 Furthermore, based on the work by Cifre et al. 20 noted that operational flexibility informed their choice of four absorbers and a single stripper in their design, with one absorber servicing each of the four trains that make up the offshore NGCC power plant they used as a basis for their design.
Therefore, the design by Biliyok and Yeung 28 is unlikely to be adopted in an onshore application because a 440 MWe (gross) NGCC power plant should require no more than two absorbers if optimally designed. in the open literature that motivated the work discussed in this paper.
Novelty
The design method and philosophy in this work is novel in the way Aspen Plus ® has been used in the design of the amine-based CO2 capture plants considered in this paper and, in the spirit of transparency, we have detailed how we used Aspen Plus ® so that researchers and process design engineers can easily adopt the design philosophy and methodology for their design work. In addition to using recommended rules for the absorber and stripper column diameter sizing, the column heights needed for 90% CO2 capture were arrived at systematically based on rate-based calculations. Furthermore, to the best of our knowledge, this is likely costs of the lean amine solution pump, the rich amine solution pump, the lean/rich cross heat exchanger, the lean amine solution cooler, the stripper condenser, the stripper reflux drum and reflux pump, and the stripper reboiler.
PROCESS DESCRIPTION AND MODELLING FRAMEWORK

Process Description
The basic flowsheet of an amine-based CO2 capture process is shown in Figure   1 . The process consists of countercurrent contact of the flue gas coming from a direct contact cooler (DCC) unit with an amine solution in a packed absorber. The rich flue gas enters the absorber at the bottom while the lean amine solution is introduced into the top of the absorber. The treated flue gas leaves the top of the absorber and is normally washed in a water-wash section (not shown in Figure 1) so as to remove entrained solvent droplets and, in turn, limit the loss of valuable solvents in addition to meeting environmental regulations on solvent emissions into the atmosphere. The rich solvent from the bottom of the absorber is sent to the stripper for CO2 stripping after absorbing some of the heat in the lean solvent exiting the stripper bottom in a cross heat-exchanger. In the stripper, the downward flowing rich solvent is stripped of its absorbed CO2 by the upward flowing steam generated by the reboiler. The vapour stream from the top of the stripper, which is essentially a mixture of CO2, steam and some traces of the amine used, is partially condensed in a condenser and a fraction or all of the condensed liquid is returned to the top of the stripper as reflux. The uncondensed stream, which is mainly CO2, is sent for compression, transportation and sequestration.
Modelling Framework
Aspen Plus ® RadFrac model, a second generation rate-based model for multistage separation operations, was used for the modelling of the absorption and stripping columns in the MEA-based CO2 capture plants as discussed in this paper.
Being a pre-requisite for accurate process modelling of the CO2 capture plants, validated high fidelity models were used for thermodynamic and transport properties.
Thermodynamic Model
The model adopted for the thermodynamic properties is based on the work by 
Reaction Kinetics Model
The formation of carbamate and bicarbonate are kinetically limited and the forward and reverse reactions are given as follows:
(8)
In Aspen Plus, the reaction rates for the above kinetically limited reactions are described by power law expressions as follows:
where is the reaction rate for reaction , is the pre-exponential factor, is the activation energy, is the gas constant, is the system temperature in Kelvin, is the activity of species , and is the reaction order of species in reaction . summary of the models in Aspen Plus that were adopted for the transport properties calculations is given in Table 2 .
PROCESS DESIGN OF ABSORPTION AND SRIPPING COLUMNS
The process design of packed absorber and stripper columns entails the determination of the column diameter and the packed height needed to achieve a given separation, having chosen the solvent and packing type to be used. The design process is not a clear cut science but more of a combination of science and art based on experience. The column diameter for a given gas flowrate and liquid flowrate is usually determined based on two criteria: (i) the maximum pressure drop that can be tolerated and (ii) the approach to maximum capacity. The approach to maximum capacity can range from 70 to 86 percent of the flooding point velocity, 37,38 but packed columns are more usually designed within 70 to 80 percent of the flood point velocity 38 . The column height needed to achieve a given separation is determined using the concept of height of transfer unit (HTU) or the height equivalent to a theoretical plate (HETP), but the use of HETP is usually the preferred approach. 
Column Diameter Sizing
The column diameter ( ) is related to the superficial velocity of the gas stream as follows: (11) where is the gas flowrate and is the superficial velocity of the gas.
The superficial velocity of the gas stream is related to the packed column capacity factor by the following equation:
where is the capacity factor; and are the gas density and the liquid density, respectively; is the packing factor of the packing in the column, and is the kinematic viscosity of the liquid.
The capacity factor for a packed column is a function of the flow parameter ( ) and the pressured drop per unit height of the packing ( ). The flow parameter is defined by the following equation:
where is the liquid flowrate.
Although generalized pressure drop correlation (GPDC) charts have been developed for both random and structured packings, 37-39 the more accurate vendordeveloped pressure drop correlation for each specific packing is considered proprietary and is usually not disclosed by vendors. However, Aspen Tech has a special arrangement with packing vendors and, as a consequence, vendor correlations for pressure drop are built into Aspen Plus for several packings.
Packed Height based on HETP
The height equivalent to a theoretical plate (HETP) in a packed column for a stage designated by subscript is given by:
with (15) where and are, respectively, the heights of transfer units for the gas and liquid phases in stage ; is the stripping factor for stage ; and are, respectively, the local mass-transfer coefficients for the gas and liquid phases;
is the effective interfacial area per unit volume of the packed section in stage ; and are, respectively, the superficial velocities for the gas and liquid phases;
is the local slope of the equilibrium line for stage ; and are, respectively, the local flowrates of the gas and liquid streams to stage . It is clear that the accuracy of the HETP calculated by eq. (14) is a function of the accuracy of the correlations used for the mass-transfer coefficients, the effective interfacial area, the pressure drop, as well as the model for vapour-liquid-equilibrium (VLE).
The packed height required for a given separation is the summation of the HETPs of the stages in the packed column. Thus, for a column with number of stages, the packed heights for an absorber (without condenser and reboiler) and a stripper (with a condenser and reboiler) are given as follows:
MODEL VALIDATION AT PILOT-SCALE AND DESIGN
PHILOSOPHY
Aspen Plus Rate-based Model Validation at Pilot-scale
As previously stated, the Aspen Plus rate-based model was used to model the absorber and the stripper columns in the CO2 capture plants. Although the model had previously been validated by Zhang et al., 9,15 there was a need to revalidate the rate-based model for the Sulzer Mellapak 250Y TM structured packing used in the scale-up design cases considered in this paper. This was accomplished using the comprehensive pilot plant results reported by Notz et al. 4 The model validation strategy targeted the lean CO2 loading by varying the stripper reboiler duty. 
Design Philosophy Implementation in Aspen Plus
The design philosophy for the commercial-scale plants uses two criteria to determine the diameters of the absorber and stripper columns for different liquid flowrates and lean amine CO2 loadings, while eqs (16a) and (16b) are, respectively, used for the absorber height and the stripper height needed for 90% CO2 capture. A capture rate of 90% was adopted for the design cases in this paper because it is a commonly used basis for amine-base capture design and evaluation
in publications the open literature, including special and FEED study reports. The optimum designs were arrived at based on economic analysis using Aspen Plus ® Economic Analyzer, V8.4, which is based on the industry-standard Icarus Systems. 42 The design philosophy was first implemented at pilot-scale, using the Mellapak 250Y structured packing in the absorber and stripper, and the pilot-scale design results were compared with the openly available design information for the pilot plant used by Notz et al. 4 Having validated the design philosophy at pilot-scale, it was then used directly for the commercial-scale design cases discussed in Section
5.
The column diameter for a given liquid flowrate was determined based on two recommended criteria for the design of aqueous amine systems, which are known to be moderately foaming. The criteria are a maximum fractional approach to flooding (or maximum operational capacity, MOC) of 0. by the number of stages in the packed section.
The packed height needed to achieve a given degree of separation is the sum of the HETPs of the stages that will achieve the given separation, starting from the top stage (stage 1 for the absorber or stage 2 for the stripper) and ending at the stage corresponding to the extent of separation specified. However, Aspen Plus requires that the total number of stages and the inlet stream stages be specified a priori before any calculation can be executed. In order to overcome this unavoidable limitation, a calculator block was used to automatically adjust the ending stage number of the packed section to the number of stages while fixing the starting stage of the packed section at 1 for the absorber or 2 for the stripper.
Furthermore, the calculator block automatically adjusts the flue gas (feed) stage, the ending stage number for the reactions, and the ending stage number for the reaction holdup. Starting with a total stage number of 2, the number of stages in the absorber was automatically increased in steps of 1, using a sensitivity block until the desired CO2 capture level was achieved, which was taken as 90%. Data logging of the calculated results of interest in each "pass" was realized using the same sensitivity block that increased the number of stages. Also, with the lean CO2 loading specified as a design specification for the stripper and starting with a total stage number of 10, the number of stages in the stripper was automatically stepped by 1, using another sensitivity block. In each pass, the reboiler duty was manipulated to achieve the specified lean CO2 loading and the optimum stripper height was arrived at when there was negligible (less than 0.001%) or no change in the reboiler duty with further increase in the number of stages. As for the absorber, data logging of the calculated results of interest in each pass was realized using the same sensitivity block that increased the number of stages.
Design Philosophy Validation at Pilot-Scale
The design philosophy validation at pilot-scale followed the explanation given in the previous section and, in contrast to the model validation with explicit specification of the absorber and stripper heights, the absorber and stripper heights needed to achieve the experimentally reported CO2 capture rate were determined and compared with the actual heights of the absorber and stripper. 
SCALE-UP APPLICATIONS
The equation relating the lean amine solution mass flowrate to the amount of CO2 recovered from the flue gas stream, the mass fraction of the amine in the unloaded solution ( ), and the lean amine solution CO2 loading is given by:
where is the mass flowrate of the lean amine solution, is the mass flowrate of the flue gas, is the mass fraction of CO2 in the flue gas, is the percentage of CO2 in the flue gas that is recovered, is the molar mass of the amine, and are, respectively, the lean amine solution CO2 loading and the rich amine solution CO2 loading, and is the number of equivalents per mole of the amine ( is one for MEA). Table 3 summarizes the conditions and compositions of the flue gas used as bases for the four design cases in this paper, while Table 4 summarizes the basic design and economic assumptions adopted for the four design cases.
The optimum design of the absorber and stripper columns for the four cases considered in this work are summarized in Table 5 , and they were arrived at based on process and economic analyses. It is important to note that, in line with what can be delivered by the state-of-the-art technology as documented in the publications by Reddy et al, [33] [34] [35] a maximum diameter of 18 m was used as the criterion for arriving at the number of columns needed. However, the choice of two absorbers for the 400 MWe NGCC case was arrived at based on the need for operational flexibility. The complete optimum design data, which include data for the pumps and heat exchangers, can be found in Table S , with default values, were adopted for the economic analyses performed. It is important to note that the CAPEX and OPEX will be higher for an actual plant because of the other equipment (including spares) that must be installed based on a hazard and operability (HAZOP) study. Furthermore, it is important to add that the costing of commercial-scale CO2 capture plants could be associated with high uncertainty since there is no currently operating CO2 capture plant with the same capacity as the ones considered in this paper.
However, in line with a recent publication by Rubin et al., 48 if costing assumptions are applied consistently and systematically in screening technologies for CO2 capture or in screening design and operation parameters for a given CO2 capture technology, we are very likely to arrive at a valid conclusion. That explains the reason for adopting default values in Aspen Plus Economic Analyser ® since our primary focus is not really the accuracy of the cost values but rather, the variations of the cost values with important design and operation parameters such as the absorber and stripper sizes, the lean CO2 loading, and the solvent circulation rate.
In each of the four cases considered in this work, the optimum design was taken to be the one with the least OPEX. In order to confirm the validity of using the least OPEX as a basis for the optimum design selection, further economic comparisons were performed based on annualized total cost (TOTEX), which takes both the CAPEX and the OPEX into consideration. The annualized total cost (TOTEX) is given by the following equation:
where C and C are scaling factors.
The annualized total cost (TOTEX) for each of the four CO2 capture plants considered in this paper was calculated by assuming 20 years ( ) of plant service life and 10% interest rate ( ) for three different scenarios as follows:
 TOTEX calculated without scaling CAPEX and OPEX ( and )  TOTEX calculated with CAPEX scaled up by 50% without scaling the
OPEX ( and )
 TOTEX calculated with OPEX reduced by 50% without scaling the
CAPEX ( and )
The 50% CAPEX scale-up in the second scenario is assumed to be sufficient to account for the other equipment that needs to be installed based on a hazard and operability (HAZOP) study, as well as the uncertainty that may be present in the CAPEX value calculated by the Aspen Plus Economic Analyzer. Also it is assumed that the reduction of the OPEX by 50% in the third scenario will reduce the weight of the OPEX on the TOTEX, especially if the CO2 capture plant is to operate in a location where utilities are relatively cheaper than the values used in this paper.
Commercial-scale MEA-based CO2 Capture plants for Natural Gas
Combined Cycle (NGCC) Power Plants and 6(a), it is clear that the absorber height required for 90% CO2 capture increases sharply with liquid/gas ratio when the liquid/gas ratio is reduced below a certain optimum value for each lean CO2 loading, and the absorber height decreases gradually if the liquid/gas ratio is increased beyond the optimum value. As the liquid/gas ratio is reduced below the optimum value it becomes increasingly difficult to achieve the rich CO2 loading required for 90% CO2 capture; hence the reason for the sharp increase in the absorber height for liquid/gas ratio below the optimum value. Also, the change in the absorber height with liquid/gas ratio is less pronounced as the lean CO2 loading increases. These observations clearly show that arbitrary assumption of liquid/gas ratio, directly or indirectly, will most likely lead to a sub-optimal design. On the other hand, the stripper height is relatively unaffected by the liquid/gas ratio but the stripper height increases as the lean CO2 clear that CAPEX increases sharply when the liquid/gas ratio is reduced below an optimum value, and the sharp increase in CAPEX is due to the increase in the cost of the absorbers. Also, the OPEX increases slightly as the liquid/gas ratio is reduced below the optimum value as a result of the increase in maintenance costs, which is tied to CAPEX, despite the decrease in the total cost of the utilities and 10(a), respectively, for the subcritical plant and the ultra-supercritical plant.
From Figures 9(a) and 10(a), it is clear that the absorber height required for 90%
CO2 capture increases sharply with liquid/gas ratio when the liquid/gas ratio is reduced below a certain optimum value for each lean CO2 loading, and the absorber height decreases gradually if the liquid/gas ratio increases beyond the optimum value. Also, as for the NGCC cases, the change in the absorber height with liquid/gas ratio is less pronounced as the lean CO2 loading increases. Again, these observations clearly show that the arbitrary assumption of liquid/gas ratio, directly or indirectly, will most likely lead to a sub-optimal design. On the other hand, as for the NGCC cases, the stripper height is relatively unaffected by the liquid/gas ratio but the stripper height increases as the lean CO2 loading decreases, which will have an implication on the overall capital cost of the plant. clear that both the steam and cooling water required for each lean CO2 loading decreases only marginally if the liquid/gas ratio is reduced beyond the optimum liquid/gas ratio. The marginal decrease in the steam and cooling water required cannot compensate for the increase in the absorber height, especially if the large diameter of the absorber is taken into consideration; thus, the optimum design is not given by the liquid/gas ratio that has the minimum steam and cooling water requirement. As for the NGCC cases, since there is a direct relationship between the steam requirement and the specific reboiler duty it follows therefore that the optimum design for a given lean CO2 loading does not correspond with the liquid/gas ratio that has the minimum specific reboiler duty.
The economics of the plant, which includes the overnight capital cost (CAPEX) and the operating cost (OPEX) are shown in Figures 11(a) and 12(a) , respectively, for the subcritical plant and the ultra-supercritical plant. As for the NGCC cases, there is trade-off between the CAPEX and OPEX and the explanations previously given for the NGCC cases are equally applicable to the coal-fired cases and it will not be repeated here.
From Figures 11(a) and 12(a) , the optimum design with minimum OPEX is given by 0.2 lean CO2 loading and 2.93 liquid/gas ratio for the subcritical plant, and 0.2 CO2 loading and 2.68 liquid/gas ratio for the ultra-supercritical plant. The higher liquid/gas ratio for the subcritical plant is because of the higher CO2 captured when compared with the ultra-supercritical plant. In order to confirm the optimum selection based on minimum OPEX, further economic evaluations that take both CAPEX and OPEX into consideration were used. 
CONCLUSIONS
A comparison of the optimal design results in this paper with some of the previously published designs shows that design based on values of CO2 loadings and/or solvent circulation rates without techno-economic consideration may lead to a sub-optimal design for an amine-based CO2 capture plant.
The optimum lean CO2 loading for MEA-based CO2 capture plants that can service commercial-scale power plants, whether natural gas-fired or coal-fired, is about 0.2 mol/mol for absorber and stripper columns packed with Sulzer Mellapak 250Y TM structured packing. Also, the optimum liquid/gas ratio for a natural gas combined cycle (NGCC) power plant with a flue gas composition of approximately 4 mol% CO2 is about 0.96, while the optimum liquid/gas ratio for a coal-fired power plant can range from 2.68 to 2.93 for a flue gas having a CO2 composition that range from 12.38 mol% to 13.5 mol%. 
